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OPTIMAL EVAPORATOR OPERATION

By P. S. HUSSEY

National Electrical Engineering Research Institute,
Council for Scientific and Industrial Research, Pretoria

Abstract

Factors influencing the heat transfer coéfficient in an evapo-
rator are discussed, particularly the effects of concentration
and scale formation. Theoretical policies for maximizing the
average heat transfer coefficient are suggested. Based on data
collected from a real evaporator, recommendations are made
for applying these policies in practice.

Introduction

Inefficient heat transfer in a sugar factory implies unused
production capacity. Attempts have been made to predict the
performance of industrial evaporators with a view to optimiz-
ing the variables affecting the process. However, the results
obtained are usually applicable only in particular circumstances
and are largely dependent on the properties of the cane. The
most reliable way to assess the efficiency of a given evaporator
appears to be to perform tests on it under normal operating
conditions. With the advent of minicomputers and the availa-
bility of sophisticated on-line measuring instruments, this
becomes a feasible undertaking.

In 1974 a data-logging minicomputer was installed at Jaag-
baan to sample data from the fourth effect of their multiple
effect evaporator. The major aim of the exercise was to observe
the time trend in the heat transfer coefficient due to the accumu-
lation of scale within the calandria tubes. Exit concentration,
liquid level and temperatures were also monitored.

An optimum cleaning policy was derived from an expression
for the theoretical rate of scale growth reported in the literature.
The data collected from the real evaporator were then analysed
in the light of this policy.

Optimum cleaning schedule |

Assume that the production rate is approximately propor-
tional to the sum of the total evaporation rates from the
multiple effect evaporator and the vacuum pan station, and
that the former decreases with time due to the accumulation
of scale on the evaporator tubes, while the latter remains
approximately constant,

Now, if E; is the vapour rate from the ith effect, then, by
the nature of the operation of a multiple effect evaporator:

E, + E, + E; + E; = 4E, 4 vapour bleed rate.

Further, since E ¥ UA AT/H (ignoring flash evaporation),
if AT in the fourth effect is constant E, is linearly propor-
tional to the heat transfer coefficient, U(t), in that effect.

Lastly, assume a negligible variation in the vapour bleed rate.
Then we can express the production rate P(t) in the form:
P(t) = ko + k; U(H)
where k, and k, are constants.

In 1924 McCabe and Robinson! derived the expression:
Ut) = U(0) (1 +at)+. 1)

This gives the theoretical heat transfer coefficient as a func-
tion of time, assuming that the rate of scale growth is directly
proportional to the heat flux. U(0) is the heat transfer coeffi-
cient for clean tubes and ‘““a” is a constant. Fig. 1 shows a
typical graph following this function.
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FIGURE | The change in the overall heat transfer coefficient of an
evaporator with time of operation.

If the heat transfer coefficient decreases in the fashion shown
in Fig. 1, it is desirable to know the optimum time to shut
the plant down for cleaning. This decision should be made
with a view to maximising the average evaporation rate for
each production cycle. This will maximize total production for
a fixed season or minimize seasonal operating time for a fixed
production target.T

Let t, be the production time and t. the cleaning time for
one cycle. The cleaning time is assumed to be constant; it
was about 16 hours at the time of the investigation. The
situation is depicted graphically in Fig. 2. For short cycles the
time spent on cleaning is relatively large and represents wasted
production time. On the other hand, long cycles allow more
scale to accumulate so that heat transfer coefficients are low
for much of the time. Clearly, there is an optimum which lies
between these extremes.

The average production rate P is given by

_ JoP(t) dt
P
(tp +to)
= [otp [ko + ki U(D] dt/(t; + to)
Koty
= +k U
tp + tc
where U is the average heat transfer coefficient.
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FIGURE 2 Variation of the heat transfer coefficient
t, = Production time
t. = Cleaning time

+ Assuming all cycles are uniform.
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If t is small compared to t,, P can be approximated by the
expression:

I—’ ~ ko —+ k] ﬁ
Clearly to maximize P, U must be maximized. Mathemati-
cally this is expressed as “maximize the average heat transfer
coefficient, U, by choice of the production time, t,, i.e.

Max { U (2a)
tp
_ 1 I;DU(t) dt (2b)
where U =

(to +t)

If the heat transfer coefficient for clean tubes and the rate
of decline are the same for every cycle, then the optimal cycle
time will be constant and this policy will maximize the average
production rate for the whole season. This will not be the
case for a non-uniform trend but since we have no knowledge
of the future, we must work on the former assumption.

To find ty*, the optimum value of t,, we differentiate (2a)
with respect to tp, equate the result to zero and solve for t,.
Let {,oU(t)dt = F(tp) — F(0). Then we arrive at an equation
of the form:

UG FH-FO

t* +t)  (K* +t)
Equation (3)_can be re-written as:
Ut*)=U. 4)
Equation (4) implies that as long as the actual heat transfer
coefficient is larger than the average value, calculated as if the

plant were to be shut down immediately, then it is optimal to
continue production.

)

If U(t) is a McCabe-Robinson type of function, the average

heat transfer coefficient U calculated from (2b) follows a curve

similar to that depicted in Fig. 3. The values U(0) = 800,

;a” = 0,02 and t, = 16 gave a maximum at about t, = 70
ours.
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FIGURE 3 U = (tp—+l7) J.*PU (1) dt where U (t) = 800 (1+02¢) "}

By substitﬁting equation (1) into (2b) and performing the
above mathematical calculations, we arrive at the following
expression for equation (4):

(a0 ag—1)

(5)
(t* + to) (tp* + to)?
The solution of equation (5) is
t.
tp*=tc+2J— 6)

a

_Using the above values for t. and ‘a’ gives t,* = 72,57 hours
with an average heat transfer coefficient equal to 63,87% of

the value for clean tubes. If the plant were operated for 152
hours (i.e. a cycle time of one week) the average heat transfer
coefficient would be only 60,129, of the value for clean tubes.

The former policy thus gives a 6,24 % higher total production.

The shape of the curve indicates that it would be preferable
to operate too long rather than for too short a period. Also,
the shut-down time need not be very close to the optimum: a
deviation of up to one shift (8 hours) would probably be
satisfactory. If the time trend in U(t) is approximately linear,
of the form U(t) = U(0) (1 — bt) (“b” a constant), the opti-
mum production time is given by:

2t |t
tp* = (tc* + -1~ te. Q)

The variables influencing the evaporation process

The evaporator examined was of the calandria type. The
heat transfer coefficient U depends on the geometry of the
vessel and the physical properties of the syrup being evaporated.
The latter can be related to the syrup concentration or brix,
the syrup and steam temperatures, and possibly the liquid
level. The resistance to heat transfer increases with time t as
scale builds up on the surface of the tubes.

It is well known that an increase in the brix causes a decrease
in the heat transfer coefficient. Saronin & Jenkins® (Fig. 4)
found a concave relationship between B and U, while Cordiner?
found an almost linear relationship (Fig. 5).
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FIGURE 4 Data of Saranin and Jenkins: U vs B,
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If dependence of U on B is linear, then a uniform disturbance

of B about its mean will have no effect on U. However, if the
function is concave a uniform disturbance in B will result in

a smaller U than that value corresponding to the mean B. In
this case it would be desirable to control B at a steady value.

Reports differ as to the effect of liquid level L on the heat
transfer coefficient. Some workers* have found that the opti-
mum level for highly concentrated sugar solutions lies above
509 of the tube height but is not critical. If fluctuations in the
liquid level influence the residence time of syrup in the vessel,
this could possibly cause undesirable variations in the concen-
tration.

The variables in an industrial evaporator interact to some
extent so that the net effect of a change in a particular variable
need not be the same as that found under controlled laboratory
conditions. Indeed, the plant could shift to an entirely new
set of operating conditions. For example, a step change in the
feed brix alters the exit brix, which causes a change in U. This
results in a different vapour rate and influences the pressure
within the vessel. The syrup therefore boils at a different tem-
perature, which alters AT. The change in the vapour rate
could also cause a fluctuation in the level, necessitating an
adjustment of the flow rate to correct it.

Many of the interactions are favourable because they tend
to oppose changes in the operating conditions and lead to
stable operation of the process. One of the aims of the present
exercise was to establish where control was necessary for im-
proving the average heat transfer coefficient.

Experimental results

In each run the computer sampled the process automatically
every two minutes for about five days. Every five consecutive
samples were averaged and the values, converted to the correct
units, were recorded on magnetic and paper tape. Later the
values of U were calculated from these data and plotted against
time. In an attempt at linearization of the data, B, L, T and

1

AT were plotted against U which, according to the classical
concept, is a linear function of each of the resistances to heat
transfer. Least squares regression was used to find simple
mathematical models for the data and statistical tests were
applied to these to assess their significance. From the results
of the tests, deductions were made about the influence of each
variable on the overall heat transfer coefficient.

40 |
34 H
‘/uxl()! . U ’k
2+ |
| \"\/\""’"}
70+ )
8% 4 q
604
50--
100+
L (ins) 4
80
60—~
1001
4
R[°C) 904
80+4-
T{°C) 70:
604
301
AT(°C)201
10 g T - T T 1
40 30 ‘60 70 8Q SQ

Yime (hours)

FIGURE 6 Portion of data from set |.
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FIGURE 7 Data from set 2.

Figs. 6 and 7 show plots of the resistance to heat transfer
1/U, brix B, level L, steam temperature R, syrup temperature
T and temperature difference across the tubes AT, against
time, for runs 1 and 2. Some trouble was experienced with
instruments, particularly those in contact with syrup. Flow
and brix measurements became progressively more noisy, and
the instruments were out of order for most of the runs (Figs.
6 and 7 were selected as the best records).

There is a clear correlation between B and 1/U and between
AT and 1/U. However, 1/U and L seem to be correlated
only when a major change occurs such as that at 58 hours for
run 1, when boiling appears to have stopped temporarily.

Figs. 8 to 11 show plots of U against time. The outliers lie
mostly below the mean heat transfer coefficient and correspond
to peaks on the brix and AT curves in Figs. 6 and 7.
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FIGURE 8 Heat transfer coefficient, U, versus time for data set .
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FIGURE 9 Heat transfer coefficient, U, versus time for data set 2.
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FIGURE 10 Heat transfer coefficient, U, versus time for data set 3.
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FIGURE Il Heat transfer coefficient, U, versus time for data set 4.

Fig. 8 appears to have a slightly downward trend, particu-
larly near the end of the run. Fig. 9 has no noticeable trend
while Fig. 10 has a pronounced downward trend. Fig. 11 varied
unpredictably and seemed to be tending upwards near the end.

Figures 12 to 15 show cumulative time average heat transfer
coeflicients for each run using the formula
1 n
U=—— Z U;dt,
(t + 16) =) . -
where U; was the heat transfer coefficient of the ith record,

and U, was the cumulative average heat transfer coefficient
calculated over the n records taken up to time t. The cleaning
time was assumed to be 16 hours. The time between records,

3t, was equal to one sixth of an hour. U for run 1 was still
increasing at the end of the run after about 130 hours of

operation. U for run 2 was increasing rapidly after 105 hours.

U for run 3 contains a definite peak at about 100 hours, which
would have been the optimal time to shut down. Run 4 has
a peak at about 90 hours and could have been shut down then.
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FIGURE 12 Cumulative average heat transfer coefficient, U, for data set |.
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FIGURE 13 Cumulative average heat transfer coefficient, U, for data set 2.
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FIGURE 14 Cumulative average heat transfer coefficient, U, for data set 3.
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FIGURE 15 Cumulative average heat transfer coefficient, U, for data set 4.

We were unsuccessful in fitting a McCabe-Robinson type
of function to the data. However, the data were regressed
against a quadratic function of time and the statistical signifi-
cance tests applied to the parameters of the regression equations
showed the following. Run 1 had no significant time trend
and run 2 had a linear upward time trend. Runs 3 and 4 were
concave from below with downward trends. Therefore none
of the runs followed a McCabe-Robinson type of trajectory,
which is convex from below. However, this does not disprove
their theory since the true trend could have been obscured by
the higher frequency variations in U,

The last 60 hours of run 1 were regressed against a linear
function of time and the equation was used to predict the
optimum shut-down time assuming that this trend continued.
Accounting for the variance of the data and its effect upon
the accuracy of the regressed parameters, the predicted opti-
mum shut-down time was 208 + 21,5 hours.



174 Proceedings of The South African Sugar Technologists’ Association — June 1976

2.0
1.9+
1.81
1.74
1.6
©
by
=3
x 1.5
3
-~
1.44 . '. .
1.2 ‘
144
1.0 T T T T T —
45 50 55 €0 65 70 75

B8(%)
FIGURE 16 1/, versus B for data set |.
3.0

2.8

2.6

24 |
2.2 /
2.0 . ' ':-/.;

Ya x10%2
>

.44

1.0 T T T Y
45 50 55 60 &5 70 75

B (%)
FIGURE 17 1/, versus B for data set 5.

Figs. 16 and 17 show the relationship between B and 1/U,
the total resistance to heat transfer, for runs 1 and 5. (The
brix values for run 2 were very noisy and the meter was out
of order for runs 3 and 4.) Regression analysis accounted for
about 599 of the variation of 1/U in run 1 and 729, inrun 5.
The dotted lines represent the function which best fitted the
data in each graph. A plot of the inverse of these functions
gave non-linear curves similar to those in Fig. 4.

Fig. 18 is typical of the plots obtained for 1/U against AT
and shows that 1/U and AT increase together. Intuitively, the
change in AT must be the reaction to a change in 1/U as
described earlier.
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FIGURE 18 1/, versus AT for data set .

No correlation could be detected between 1/U and the level,
nor between brix and level.

Conclusions and recommendations

The time trend in the heat transfer coefficient was not the
same for each production cycle. Therefore determination of
an optimum shut-down time under the conditions stated above
would require continuous monitoring of the heat transfer
coefficient (possibly by a data-logging minicomputer). The
cumulative average heat transfer coefficient could be calculated
and an optimum shut-down time predicted from a linear re-
gression of the data.

This operating policy will not necessarily be optimal if there
is some means of improving the evaporation rate without
shutting down, e.g. increasing AT. If AT is not constant
throughout the production cycle, it would be better to monitor

U AT or E, and maximize E,.

When measurement error or disturbances in the process
give rise to uncertainty in the value of U(t) or E,, it should
be remembered that operating too long is better than operating
for too short a period.

There was a non-linear correlation between the concentra-
tion and the heat transfer coefficient over the range of variation
encountered during each run. This indicates that the average
heat transfer coefficient could be increased by tighter control
of the concentration.

The wide variation in the heat transfer coefficient seemed to
be due to changes in the concentration. These in turn coutd
have been the result of fluctuations in the feed brix, but this
cannot be verified as measurements were not taken. This
should be done and control implemented if necessary.

There appeared to be no correlation between the brix and
the liquid level, neither could a relation be detected between
the level and the resistance to heat transfer. Therefore tighter
control of the level would apparently hold no benefits.
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Nomenclature

= heat transfer area (m?)

= juice concentration (°Brix)

= vapour rate from ith effect (t/h)

= latent heat of evaporation (J/t)

= liquid level (9] tube height)

= production rate (t/h)

= time (h) :

= cleaning time per cycle (h)

= production time per cycle (h)

= temperature (°C)

AT = mean temperature drop across tubes (°C)
U = heat transfer coefficient (W.m™2°C™1),

-

o EERIT SR “  « ol vs = - Js 4

Acknowledgements

The author is grateful to the Management of the Noodsberg
Sugar Factory for their co-operation in this project. He also
wishes to thank the CSIR for permission to publish this paper.

This paper is a summary of a dissertation submitted by the
author to the University of South Africa in partial fulfilment
of the requirements for a Master of Science Degree in Opera-
tions Research.

REFERENCES

1. McCabe, W. L. and Robinsoﬁ, S. (1924). Evaporator scale formation.
Ind. Eng. Chem., vol. 16, No. 5, May 1924, pp. 478-479.

2. Saranin, A. P. and Jenkins, G. H. (1964). Heat transfer coefficients
in the evaporation of sugar solutions. In: Proc. 21st Annual Conf.
Queensland Soc. Sugar Cane Technologists. pp. 93-101.

3. Cordiner, J. B., et al (1969). Heat transfer coefficients for raw sugar
solutions. The Sugar Journal, May 1969,

4. Zaborka, J., Aguado, A. and Vazquez, F. (1968). Experimental deter-
mination of the ratio of heat transfer in the sugar industry evaporators
in juice concentration and level function. Cuba Azicor, May/June
1968.



